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Abstract
Electrochemical carbon capture devices can be a low energy cost solution for direct air capture (DAC)
using renewable electricity. Historically electrochemical carbon-capture has targeted a range of
concentrations from atmospheric (400 ppmCO2) (DAC), 1 to life-support (5000 ppmCO2), 2 to point-source

capture (10% CO2). 3 The hydroxide exchange membrane nickel hydroxide symmetric battery cell with two

identical electrodes has low voltage requirements making it more suitable for DAC than other
electrochemical approaches. A 25 cm 2 laboratory cell shows an average energy cost of 1.15 MWh·tonCO2
−1 and a CO2 flux of 78 kgCO2·m2·yr− 1 at 2 mA·cm− 2. A manufacturable 25 cm 2 cell is durability tested for

5000 hours and achieves an energy of 0.46 MWh·tonCO2 −1 and a flux of 62 kgCO2·m2·yr− 1 at the end of the

test. A DAC pilot system with a stack of 9 scaled-up 300 cm 2 cells demonstrates an energy of 0.83

MWh·tonCO2 −1 and a flux of 75 kgCO2·m2·yr− 1 and meets the 300 Pa pressure drop required for DAC. 4

Modular design projects improvements in cost from manufacturing and economies of scale, and a
pathway to below 100 $·tonCO2 −1 from learning rates of past energy technologies. 5

Introduction
Direct air capture (DAC) has been identified as one of the key net negative carbon technologies to achieve
a net zero future. 6,7 DAC is required to offset continued emissions from dilute CO2 sources e.g.,

agriculture and construction. 8 The majority of current DAC technologies at scale (> 1 ktonCO2∙yr− 1) are

sorbent based with significant energy cost. 9 The energy cost is the major operating expense and is

primarily driven by the temperature swing required to regenerate the sorbent. 10,11 The United States
Department of Energy (DOE) has set forth a cost target of 100 $·tonCO2 −1 which is not possible to meet

with current industrial electricity costs near 70 $·MWh− 1 and current temperature swing adsorption
devices energy costs above 1.5 MWh·tonCO2 −1. 12,13 A combination of lower electricity costs and lower
DAC energy costs are required to meet the target DAC cost.

Electrochemical pH gradient devices are a growing research area for low energy cost carbon capture. 1,14–

19 The pH gradient is built by generating hydroxide (OH−) at the cathode and consuming OH− at the anode.
An acid-base equilibrium with CO2 allows for the capture of CO2 at the cathode and release at the anode.
20 This compliments other electrochemical CO2 capture devices based on pKa gradients of an

electrochemically active species allowing for the capture and release of CO2. 2,21,22

This work explores a hydroxide exchange membrane carbon capture (HEMCC) device with symmetric
Ni(OH)2 electrodes to produce the pH gradient for CO2 capture and release (Fig. 1a). At the cathode NiOOH
is reduced to Ni(OH)2 while at the anode Ni(OH)2 is oxidized to NiOOH. This redox chemistry is known for

its reversibility and cycle durability and has been commercially used in the cathode of alkaline Ni-MH
battery technologies. 23–25 This symmetric cell has a thermodynamic equilibrium voltage of zero. Most of
the voltage observed is to produce the pH gradient with the remainder driving the polarization of the
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electrodes. There is a resistance component as well, but this is small due to the low current densities used
in the device, typically < 5 mA·cm− 2.

Scaleup is necessary for DAC technologies with several orders of magnitude growth required to meet net
zero targets. 26 This HEMCC device was first developed at a 25 cm2 laboratory scale able to capture 200

gCO2·yr− 1 (Fig. 1b). It was built with electrodes formed by electrochemical precipitation of nickel hydroxide

on nickel foam. A manufacturable version of the 25 cm2 electrode was developed and durability tested for

5000 hours. This durable electrode was scaled to 300 cm2 and integrated into a 9-cell stack for a pilot DAC
system (Fig. 1c). The first commercial modular DAC system is under construction for operation in 2026
with a capacity target of 1 ktonCO2·yr− 1 (Fig. 1d).

Results and Discussion
Figure 2 shows the data of a typical laboratory 25 cm2 cell. Figures 2a,b are time series of the operating
cell voltage and cathode outlet CO2 concentration with an initial conditioning cycle followed by ten regular

cycles, all at 2 mA·cm− 2. Within each regular cycle there are two steps, one for the charge/discharge and
the other for the regeneration. CO2 is captured in both steps, but at different voltages. The cell voltage and
the difference between the 400 ppm cathode inlet and cathode outlet CO2 allow for calculation of key
process parameters of capacity, electron efficiency, energy cost, and flux. Figure 2c-f presents these
parameters excluding the regeneration steps. Capacity tracks long-term changes in the device. Electron
efficiency is defined here as the ratio of CO2 molecules captured per electron passed in the cell with a
maximum stoichiometric ratio of 1 CO2 per electron. Energy cost is the largest operating cost of the device

while the flux determines the size and thus capital cost of the system. An average of 1.15 MWh·tonCO2
−1

energy cost including the regeneration step was achieved in this single cell dataset with a flux of 78
kgCO2·m− 2·yr− 1. Each cycle was integrated using the definitions in SI Discussion 5 and the mean was taken

excluding the conditioning cycles and assuming all CO2 that is captured on the cathode is released in the
anode to a product stream. The HEMCC has a lower energy cost than the incumbent technology presented
by Carbon Engineering of 1.47 MWh·tonCO2

−1 for their device when excluding the blower and compressor.
10

Figure 2 | Laboratory scale 25 cm2 HEMCC and its behavior. The HEMCC is comprised of two identical
electrochemically precipitated Ni(OH)2 electrodes and an 80µm Piperion® membrane. The cathode air
flow was 1 L∙min-1 with 400 ppm CO2 and 90% RH. The anode received a sweep gas of 90% RH N2 at 1

L∙min-1. a. The cell voltage (V) and b. the cathode outlet CO2 concentration (ppm) are used to calculate
the key process variables c-f during the charge/discharge step

c. capacity, d. electron efficiency, e. energy, and f. flux, all excluding the regeneration step. Regeneration
steps are excluded to highlight the low energy cost of the charge-discharge step. Capture still occurs
during regeneration but at higher energy cost. The first cycle on each side is a 1.5-hour regeneration hold
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for break-in followed by 10–75 minute cycles on each electrode. The cycle length is chosen based on an
ex-situ capacity test to minimize regeneration (SI Discussion 7). c. Capacity achieved an average of 1.89
mAh·cm-2 which was 85% of the ex-situ capacity tests. d. Electron efficiency achieved 0.25. e. Energy cost
averaged 0.76 MWh∙tonCO2

-1 while f. flux averaged to 72 kgCO2∙m2∙yr-1. g. and h. show a single cycle to

highlight the change in voltage and capture in the charge/discharge and regeneration steps. i., j., and k.
are graphic aids to describe the build ΔpH, maldistributed ΔpH, and rebuild ΔpH sections in g. and h. The
ΔpH between the peak pH at the cathode and the CO2 release pH at the anode drives the CO2 capture rate
in the cell, see SI Discussion 2. The CO2 release pH is the pH that achieves equilibrium between CO2 in the
anode and the concentrated CO2 gas product stream. The dotted red primary reaction coordinate lines are

rough position where OH- is produced in the cathode and consumed in the anode. i. The build ΔpH section
is directly after the gas lines switch in the cell. Redox reactions take place close to the membrane with the
cathode near 100% state of charge and the anode near 0% state of charge. The pH at the back of the
cathode electrode is close to the pH of the anode in the previous cycle. j. The maldistributed ΔpH section
is at the end of a charge/discharge step. This occurs because of the uneven mass loading of
Ni(OH)2/NiOOH when making the electrode and uneven distribution of resistance through the electrode.
Near the end of the charge/discharge step, low loading and low resistance volumes of the cathode will
have fully been consumed, no longer producing OH-. Surrounding higher loading and higher resistance
volumes continue producing OH- but the average pH across the electrode drops lowering the average
driving force for capturing CO2. The anode in this section is still charging and has not reached 100% state
of charge because of competing OER. k. The rebuild ΔpH section is the beginning of the regeneration after
the cathode has reached 0% state of charge. The cathode reaction coordinate is brought to the front
towards the membrane where catalytic ORR reactions are predominant. The full area of the electrode is
used again, and the average pH increases to have a higher rate of CO2 capture. The anode continues to
charge towards 100% for the next cycle.

Relatively low energy cost is the main benefit of this electrochemical carbon capture approach. Figure 2e
shows several cycles of CO2 capture at an average of 1.15 MWh·tonCO2

−1; when broken down by the steps

the charge/discharge and regeneration steps averaged 0.76 MWh·tonCO2
−1 and 2.15 MWh·tonCO2

1

respectively. Both steps can be improved by improving the electron efficiency of the device. 14 Electron
efficiency of 1 indicates ionic transport of only HCO3

− in the cell where 0.5 would be predominantly CO3
2−,

below 0.5 as observed in this cell has either unreacted OH− being transported or back diffusion of HCO3
−

or CO3
2− from the anode. Future work can improve electron efficiency by adjusting membrane parameters

such as ionic exchange capacity (IEC), conductivity, and water uptake. Improved electron efficiency at the
same current density directly increases flux of CO2 which decreases energy and capital costs.

The CO2 capture rate changes with time and the state of charge of the electrode. Figure 2h shows the
single half cycle behavior of CO2 capture. At the beginning of the charge/discharge step there is time lag
as the pH gradient is reversed from the previous cycle. A steady increase in capture rate is seen as the pH
gradient is formed, which takes time proportional to the total IEC of the membrane and ionomer. Piperion®
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is used for the membrane and ionomer based on PAP-TP-85 with an IEC of 2.37 meq.·g− 1. 29 The state of
charge determines the CO2 capture behavior for the remainder of the charge/discharge step. The surface

of the electrode near the membrane discharges first due to the difference in conductivity between the
metal, metal hydroxide, and ionomer phases of the electrode. 30,31 The primary reaction coordinate, and
thus the peak pH, moves from the membrane to the back of the electrode as the state of charge changes
in each electrode. At a moderate state of charge, higher capture rates are expected because CO2 diffuses
into and reacts with a larger volume of high pH ionomer. A similar behavior was seen in a hydrogen
HEMCC previously studied by using an interlayer volume. 15 Near the end of the cycle volumes of anode
with lower mass loading of NiOOH/Ni(OH)2 or lower local resistance will run out of NiOOH earlier than the

surrounding volumes and no longer produce OH−; these volumes no longer contribute to the pH gradient
and lower the average pH at the primary reaction coordinate. This manifests in a dip in CO2 capture near

the end of the charge/discharge step. During the charge/discharge step the flux averages 72 kgCO2·m−− 

2·yr−− 1, while the average peak flux is 97 kgCO2·m− 2·yr− 1.

The capture rates during regeneration do not depend on the state of charge of the cathode which has been
depleted. The pH gradient is reestablished by a relatively thin layer of the electrode near the membrane
performing catalytic ORR. 30,31 There is a short time dependent growth of capture at the beginning of
regeneration to reestablish the pH gradient across the area of the electrode after the decrease observed in
the charge/discharge step. After that a steady state constant capture rate is achievable. During the
regeneration step the flux averages 93 kgCO2·m−−2·yr−−1, while the average peak flux is 97 kgCO2·m− 2·yr− 1.

Technical pathways to improve the device include improving mass transport (diffusion) from the flow field
channels into and within the porous electrodes, decreasing the effect of time lag for CO2 and decreasing
the requirement for regeneration. Decreasing the effect of time lag can improve both the flux and energy
cost of the cycle. There are two ways to reduce the time lag, one by decreasing the total ion capacity of
membrane and electrode or the other by increasing the electrode capacity. Either option has a trade-off to
optimize. Decreasing the total ion capacity by decreasing membrane thickness and ionomer amount
decreases the number of ions required to displace at the beginning of each cycle. This cannot be
decreased to zero because there needs to be sufficient ionic conductivity and mechanical stability.
Additionally, thinner membranes can lead to increased bicarbonate back diffusion offsetting gains in time
lag. 1,15 Increasing the capacity of an electrode lengthens the time for a full cycle and thus a higher
percentage of time is spent in a high flux region of a cycle. Increasing the electrode capacity can increase
the mass transport resistance for diffusion of CO2 into the electrode by decreasing the porosity of the

electrode or increasing the diffusive path length. The laboratory prepared electrodes nominally have a
porosity of 30–40%. Optimization of this porosity can lead to flux and energy cost gains.

Decreasing the amount of time required for regeneration can also decrease the overall energy cost of the
system. In Ni-MH batteries the amount of OER that occurs depends on the C-rate used and the dopants
present. 27,32 The C-rate is defined as a ratio of the current density in mA to the capacity of the electrode in
mAh. The electrodes in Fig. 2 ran at a C-rate of 0.85. Lower C-rates allow for lower voltage operation of the
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battery limiting the catalytic OER which has a high kinetic overpotential. Dopants can either improve the
kinetics of the Ni(OH)2 oxidation or hinder the kinetics of the OER reaction. Dopants such as cobalt have

shown the ability to limit OER and can be added to limit need for regeneration. 33,34 Leaning on nickel
hydride battery research to limit regeneration requirement to 10% of a cycle length could decrease the
average full cycle energy cost to 0.90 MWh·tonCO2

−1 with this laboratory scale system.

The electrodes shown in Fig. 2 were electrochemically precipitated; this method was chosen for tunability
of the Ni(OH)2 loading early in research. There are several other methods to produce Ni(OH)2 including

electrodeposition and bulk precipitation. 24 Improvements were made to the laboratory scale electrode to

produce large manufacturable electrodes for pilot scale operation. Such 25 cm2 electrodes were tested for
5000 hours with the cell supplied with ambient air held at 32°C and 82–87% RH. Three segments of the
corresponding data are shown in Fig. 3. The end of the 5000-hour run highlighted a low energy cost near
0.46 MWh·tonCO2

−1 with a flux of 62 kgCO2·m− 2·yr− 1.

The more manufacturable 25 cm2 cell shows an increase in cycle length or capacity over time (Fig. 3). This
is likely the result of a self-limiting corrosion process in the electrode. The nickel foam used in the
electrode as a scaffold for Ni(OH)2 can be oxidized to Ni(OH)2 at potentials above 0.11 V vs reversible

hydrogen electrode (RHE). 23 Any exposed bare nickel can go through the oxidation process. The corrosion
stops when accessible nickel metal is fully converted. An increase in capacity is seen between the first
and second segments, but not between the second and third segments suggesting the complete
conversion of the available nickel sites. This phenomenon was also observed at the laboratory scale and is
shown in SI Discussion 4. An increase of the average flux is also seen, contributing to a lower energy cost.
This corroborates the concept that reducing the effect of time lag with a larger capacity electrode will lead
to higher average flux and lower average energy cost.

This manufacturable electrode was scaled up from 25 cm2 to 300 cm2 and used in a 9 x 300-cm2 stack

(Fig. 3d,f). This stack averaged an energy cost of 0.83 MWh·tonCO2
−1 with a flux of 75 kgCO2·m− 2·yr− 1. At

the system level a blower is required to push air through the DAC device and 300 Pa is considered an
upper limit for DAC. 4 The laboratory scale pressure drop suffers from triple serpentine flow fields adapted
from bench top fuel cells with a pressure drop of 2800 Pa for a 1 L·min− 1 flow rate as discussed in SI
Discussion 3. The scaled system exhibits a total pressure drop of less than 300 Pa (10x lower in
comparison to the lab cells) while maintaining similar performance metrics. Such low pressure drops
range is obtained by an innovative design of the stack hardware (inlets/outlets and flow field morphology)
- needed to allow energy efficient Air Streaming Unit (ASU, e.g., axial fan) and an overall energy-efficient
DAC process.

Figure 4 shows a levelized cost reduction pathway to 92 $·tonCO2 −1 in line with the United States DOE

targets. Durability at the 25 cm 2 size and performance at the 9-cell stack size lays the groundwork for the

1000 tonCO2·yr − 1 Gen-0 pilot scale. The Gen-1 system will follow research pathways discussed to
decrease time lag and regeneration as well as increasing CO2 flux. Gen-1 will additionally focus on the full
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system requirements including a blower and compressor. Improved airflow design can lower pressure
drop to decrease blower costs. 4,35 Electrochemical compression is to be explored as shown in proton
exchange membrane electrolyzers (PEMEL) for hydrogen production with a cost benefit compared with
conventional compression alone. 36–38 Module standardization for assembly line production and expected

improvement in energy consumption are the main drivers for the Gen-2 system. 39 Further improvement of
the CO2 flux and economies of scale will enable Gen-3 First-Of-A-Kind (FOAK) megaton systems. 40–42 At

this scale pricing improvements can be achieved for membrane polymers and peripheral components. 43

Finally, centralized control rooms, automation, digital twin machine learning, and AI-driven maintenance
strategies are expected to drive final costs towards the Nth-Of-A-Kind (NOAK) Gen-3 systems.

Conclusion
The nickel hydroxide HEMCC technology shown here has a low energy cost compared to conventional
temperature swing adsorption devices. Producing the pH gradient is the primary energy cost for the
device, followed by the polarization of the electrodes, and resistance.

At the laboratory scale the concept was developed to produce a device that has an average energy cost of
1.15 MWh·tonCO2

−1 at an average flux of 78 kgCO2·m− 2·yr− 1. The energy cost and flux can be improved by
decreasing the time lag for pH gradient formation and minimizing parasitic OER reactions. The time lag
can be decreased by increasing electrode capacity which aids in increasing the average flux while
decreasing the average energy cost. Anodic OER reactions can be limited by employing traditional Ni-MH
battery dopants. By limiting OER, the energy cost can be reduced by reducing the required amount of
regeneration.

Scale up of the nickel hydroxide HEMCC has started where the original concept was expanded from a 25
cm2 cell to a 9-cell stack of 300 cm2 cells. A pilot module containing these stacks is in operation capturing
CO2 from ambient air. A 5000-hour durability test has shown stability of the electrode design with an end-

of-test energy cost of 0.46 MWh·tonCO2
−1 at a flux of 62 kgCO2·m− 2·yr− 1. This electrode design was shown

to be able to scale into a stack with a low pressure drop of 300 Pa meeting technical requirements for
DAC.

The prototype is being iterated to drive down cost along learning curves like those seen in solar photo
voltaic cells and lithium-ion batteries. Device level research is expected to achieve many of the early-stage
improvements, while manufacturability and economies of scale will drive costs down below the 100
$·tonCO2 target set forth for DAC.

Methods

Electrode preparation
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Lab scale electrode preparation was done by electrochemical precipitation of nickel hydroxide onto nickel
foam.The nickel foam was from MTI corporation (product name EQ-bcnf-16m) with 99.9% purity, 95%
porosity, 80–110 pores per inch and thickness of 1.6mm. Three 25cm2 nickel foam substrates were cut
retaining a 1 cm2 tab for connecting with an alligator clip. The three substrates were compressed in a
hydraulic press to 512 µm by using a 512 µm thick steel plate as a guide barrier. These were weighed and
then placed in prepared 1 M sulfuric acid solution for 1 hour to remove the surface oxide layer. The oxide
layer removed is assumed to be negligible in mass for purposes of measuring amount of mass added to
the working electrode.

These substrates were set parallel in a 0.05 M nickel chloride solution using 98% anhydrous nickel chloride
salt from Millipore Sigma (CAS No: 7718-54-9). NiCl2 hexahydrate (Sigma-Aldrich, ReagentPlus) was also
tested without any noticeable performance difference. The substrates were suspended in place with
copper electrode clips as shown in SI Fig. 9. The outer electrodes were connected via wire to be at the
same voltage as the counter electrode, the middle electrode was the working electrode for Ni(OH)2 to be
precipitated onto. Two outer electrodes were used to evenly grow Ni(OH)2 on both sides of the central
working electrode. The distance between electrodes were approximately controlled to 1 cm.

A reference Ag/AgCl electrode from Pine Research (RREF0021) tracked voltage in the cell during
electrochemical precipitation. A current density of -5 mA·cm2 for 4 hours was applied to the working
electrode. Afterwards, the electrodes were rinsed with DI water and set out to dry overnight. The next day
the weight of the working electrode was measured to determine the mass of deposition. As a control, the
counter electrodes were also weighed to measure their loss of Ni. The loss of Ni of the counter electrodes
closely aligns with the oxidation to Ni2+ in the solution as expected this balances the loss of Ni2+ during
precipitation and maintains a relatively stable bulk Ni2+ concentration. The pair of counter electrodes lost
0.57 g Ni (27% of initial mass) during the process while the working electrode gained 0.83 g during the
process.

After electrochemical precipitation the electrodes were spray coated with Piperion® ionomer. A solution of
1.3333g of 5% ionomer in ethanol solution was added to 6.2222g IPA and sonicated for 30 min. This
solution was sprayed on one side of the electrode and then set out to dry for 1 day. Weighing the next days
showed that 25% of the initial ionomer mass was transferred to the electrode during the spraying.

Ex-situ three electrode cycling
The electrode with ionomer was then placed in a 1 M KOH bath in the same set up as the corrosion test in
SI Fig. 7,8. Three series of current densities were used to cycle each electrode, 1-cycle at 2 mA·cm2, 30-

cycles at 5 mA·cm2, and 5-cycles at 2 mA·cm2. A break in is conducted at 2 mA·cm− 2. First the electrode
is charged from Ni(OH)2 to NiOOH for three hours finishing with a plateau at OER voltage. Then the
electrode is discharged back to Ni(OH)2 to completion with a cutoff voltage of 1.1 V vs RHE. This break in
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charge is longer than the final 5-cycles at 2 mA·cm− 2 to allow for impurities in the deposited Ni(OH)2

structure to escape without physically damaging the deposited layer.

Next, 30 cycles at 5 mA·cm2 are conducted to stabilized the Ni(OH)2 layer. It was found that 30 cycles

were required to reach a plateau in capacity for an electrode; the current density 5 mA·cm2 was chosen to
speed up the process. The final 5 cycles were conducted at 2 mA·cm2 to compare with the 2 mA·cm2 used
during the direct air capture tests.

Membrane Electrode Assembly

The final assembly of the laboratory scale 25cm2 cell uses a Scribner 25 cm2 cell with triple serpentine
flow fields. (see SI Fig. 11) A 2.5”x3” piece of 80µm Piperion® membrane was used between two
electrodes. Two electrochemically precipitated nickel hydroxide electrodes were cut to fit precisely to their
respective gaskets. A total of 336µm in FEP gaskets were used on each side for the 512µm thick
electrodes. This leads to a 0.39 compression ratio once the cell bolts are torqued to 100 PSI.
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Figures

Figure 1

HEMCC device schematic and scales from 200 gCO2·yr-1 to 200 tonCO2·yr-1 a. A laboratory scale MEA

schematic shown with two porous Ni(OH)2 electrodes separated by a hydroxide exchange membrane.
Flow fields provide a path for air and a purified CO2 outlet stream.  During cycling the cathode produces

OH- and the anode consumes OH- generating a pH gradient. A cycle stops when the cathode NiOOH is
consumed. During the cycling step a competing oxygen evolution reaction (OER) occurs at the anode
which prevents fully charging the anode. A regeneration step is performed after the cathode NiOOH is fully
consumed, where the cathode performs oxygen reduction reaction (ORR) to fully charge the anode. The
capture and release of CO2 is based on an acid-base equilibrium driven by the pH gradient. b. A laboratory

scale 25 cm2 membrane electrode assembly (MEA). c. A stack of 9-300 cm2 cells in pilot operation. d.
Commercial RepAir® module under construction.
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Figure 2

Laboratory scale 25 cm2 HEMCC and its behavior. The HEMCC is comprised of two identical
electrochemically precipitated Ni(OH)2 electrodes and an 80μm Piperion® membrane. The cathode air
flow was 1 L∙min-1 with 400 ppm CO2 and 90% RH. The anode received a sweep gas of 90% RH N2 at 1

L∙min-1. a. The cell voltage (V) and b. the cathode outlet CO2 concentration (ppm) are used to calculate
the key process variables c-f during the charge/discharge step: c. capacity, d. electron efficiency, e. energy,
and f. flux, all excluding the regeneration step. Regeneration steps are excluded to highlight the low energy
cost of the charge-discharge step. Capture still occurs during regeneration but at higher energy cost. The
first cycle on each side is a 1.5-hour regeneration hold for break-in followed by 10-75 minute cycles on
each electrode. The cycle length is chosen based on an ex-situ capacity test to minimize regeneration (SI
Discussion 7). c. Capacity achieved an average of 1.89 mAh·cm-2 which was 85% of the ex-situ capacity

tests. d. Electron efficiency achieved 0.25. e. Energy cost averaged 0.76 MWh∙tonCO2
-1 while f. flux

averaged to 72 kgCO2∙m2∙yr-1. g. and h. show a single cycle to highlight the change in voltage and capture

in the charge/discharge and regeneration steps. i., j., and k. are graphic aids to describe the build ΔpH,
maldistributed ΔpH, and rebuild ΔpH sections in g. and h. The ΔpH between the peak pH at the cathode
and the CO2 release pH at the anode drives the CO2 capture rate in the cell, see SI Discussion 2. The CO2

release pH is the pH that achieves equilibrium between CO2 in the anode and the concentrated CO2 gas
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product stream. The dotted red primary reaction coordinate lines are rough position where OH- is produced
in the cathode and consumed in the anode. i. The build ΔpH section is directly after the gas lines switch in
the cell. Redox reactions take place close to the membrane with the cathode near 100% state of charge
and the anode near 0% state of charge. The pH at the back of the cathode electrode is close to the pH of
the anode in the previous cycle. j. The maldistributed ΔpH section is at the end of a charge/discharge
step. This occurs because of the uneven mass loading of Ni(OH)2/NiOOH when making the electrode and

uneven distribution of resistance through the electrode. Near the end of the charge/discharge step, low
loading and low resistance volumes of the cathode will have fully been consumed, no longer producing
OH-. Surrounding higher loading and higher resistance volumes continue producing OH- but the average pH
across the electrode drops lowering the average driving force for capturing CO2. The anode in this section
is still charging and has not reached 100% state of charge because of competing OER. k. The rebuild ΔpH
section is the beginning of the regeneration after the cathode has reached 0% state of charge. The
cathode reaction coordinate is brought to the front towards the membrane where catalytic ORR reactions
are predominant. The full area of the electrode is used again, and the average pH increases to have a
higher rate of CO2 capture. The anode continues to charge towards 100% for the next cycle.

Figure 3

Durability on manufacturable 25cm2 electrodes and performance on pilot stack. a-c. Three segments of a
>5000 hour durability test using a manufacturable 25cm2 cell, operated using ambient air held at 32 °C and
82-87 % RH. Missing cycles in segment 2 and 3 contained software errors and were omitted. a. Energy
cost across three segments averaged 0.67, 0.53, 0.46 MWh·tonCO2

-1 for the respective segments. b. Flux

averaged 48, 60, 62 kgCO2·m-2·yr-1 for the respective segments. c. Cycle duration averaged 1.4, 2.3, 2.4

hours for the respective segments. Increased capacity is associated with corrosion process between the
first and second segments. Flux and energy cost improved over time as the capacity increased. d and e.
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Performance data of a 9 x 300-cm2 cell stack operated in ambient conditions between 20-25 °C and 75-
90% RH with d. average energy cost of 0.83 MWh·tonCO2

-1 and e. average flux of 75 kgCO2·m-2·yr-1.

Figure 4

Levelized cost projection for Ni(OH)2 based HEMCC The Gen-0 pilot scale is in production with a
calculated cost of 566 $·tonCO2

-1. To get from Gen-0 to Gen-1, research developments in the HEMCC

device are expected to follow learning curves like solar and battery industries to reduce cost.
Advancements from Gen-1 to Gen-2 are expected to mostly derive from improvements in
manufacturability and energy consumption. From Gen-2 to Gen-3 First-Of-A-Kind (FOAK) economies of
scale will provide the greatest benefit. To achieve Gen-3 Nth-Of-A-Kind systems, centralized control rooms,
digital twins, and AI-assisted maintenance are expected to drive the final costs.
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